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Abstract: With the growing demand for plastic production and the importance of plastic recycling,
new approaches to plastic waste management are required. Most of the plastic waste is not biodegrad-
able and requires remodeling treatment methods. Chemical recycling has great potential as a method
of waste treatment. Plastic pyrolysis allows for the cracking of plastic polymers into monomers with
heat in the absence of oxygen, allowing energy recovery from the waste. Fluidized bed reactors are
commonly used in plastic pyrolysis; they have excellent heat and mass transfer. This study investi-
gates the influence of low and medium process temperatures of pyrolysis on fluidized bed reactor
parameters such as static pressure, fluidizing gas velocity, solid movement, and bubble formation.
This set of parameters was analyzed using experimental methods and statistical analysis methods
such as experimental correlations of changes in fluidized bed reactor velocities (minimal, terminal)
due to temperature increases for different particle sizes; CFD software simulation of temperature
impact was not found. In this study, computational fluid dynamics (CFD) analysis with Ansys Fluent
was conducted for the fluidization regime with heat impact analysis in a fluidized bed reactor (FBR).
FBR has excellent heat and mass transfer and can be used with a catalyst with low operating costs. A
two-phase Eulerian–Eulerian model with transient analysis was conducted for a no-energy equation
and at 100 ◦C, 500 ◦C, and 700 ◦C operating conditions. Fluidizing gas velocity increases the magni-
tude with an increase of the operating temperature. The point of fluidization could be determined at
1.1–1.2 s flow time at the maximum pressure drop point. With the increase of gas velocity (to 0.5 m/s
from 0.25 m/s), fluidizing bed height expands but when the solid diameter is increased from 1.5 mm
to 3 mm, the length of the fluidized region decreases. No pressure drop change was observed as
the fluidized bed regime was maintained during all analyses. The fluidization regime depends on
gas velocity and all the applied fluidization gas velocities were of a value in between the minimal
fluidization velocity and the terminal velocity.

Keywords: plastic pyrolysis; plastic circular economy; fluidization regime; CFD; fluidizing bed
reactor; Eulerian–Eulerian model

1. Introduction

Plastic waste management is one of the biggest contemporary issues that needs to be
addressed. The biggest global plastic recycling rates in 2018 were found in India (60%)
and South Korea (45%), followed by European countries (30%), but just 9% of plastic was
recycled worldwide. A total of 12% of plastic waste was incinerated, 30% was in use, and
49% was sent to landfills or lost in nature [1]. The most impactful plastic recycling data
collected is shown in Figure 1. It shows that just 9% of plastic is recycled worldwide and
49% is sent to landfills or lost in nature [1,2].
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products should be promoted before single-use ones and designed with their lifecycle in 
mind. Plastic must become a renewable resource. 
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and less complex ones [3]. Four different mechanisms may occur during the process: ran-
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Fluidized bed reactors (FBRs) are commonly used reactors in plastic pyrolysis exper-
iments and simulations as they produce uniform yield quality. Fluidized bed reactors 
have excellent heat and mass transfer and can be used with a catalyst with low operating 
costs. They provide an efficient and sustainable process of plastic pyrolysis. 

FBRs have been used in many processes in the chemical, petrochemical, environmen-
tal, energy, and metallurgical industries. Li, et al. list such processes as “fossil fuel com-
bustion, coal and biomass gasification, and fluid catalytic cracking” [5], while Khan, et al. 
add the following processes: “Olefin polymerization (propylene and ethylene), a wide 
range of synthesis reactions, manufacturing of silicon, gasoline synthesis (Fischer-Trop-
sch), coking (Fluid and Flexi)” [6]. Feedstock is introduced into the system through a feed-
ing system, and for plastic pyrolysis a screw feeder usually transports the plastic into the 
reactor. 

Computational fluid dynamics (CFD) software simulations are often used in reactor 
modeling. Much work on heat transfer in fluidized bed reactors has been conducted [7–
9]. Utwitzone et al. focused on solid hold-up in the reactor riser in the pyrolysis process 
[10]. CFD simulations have also been used with plastic pyrolysis or gasification process 
chemical kinetics modeling [11,12]. 

In 2005, Chiesa et al. recognized Eulerian–Eulerian and Eulerian–Lagrangian ap-
proaches used in fluidized bed reactor bubble simulations to have similar patterns [13]. 
While most of the work in CFD analyses of the fluidized bed riser is conducted using the 
Eulerian–Lagrangian method—such as Khawaja and Shao et al.’s work on the minimal 
fluidizing velocity changes analyzed from CFD simulation [14,15]—as it requires less 
computational time, this analysis will use the Eulerian–Eulerian method known as well 
as the two-fluid model method. 

Computational fluid dynamic software simulations are a relatively new approach 
that allows for the visual and numerical simulation of complex problems. While much 
work has been conducted on the optimization of the pyrolysis process and fluidizing bed 
reactor modeling, CFD allows for further improvement. Thanks to CFD, it is possible to 
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Figure 1. Plastic recycling data (only 9% of plastic is recycled worldwide and 49% is sent to landfills) [1,2].

The aim is for plastic to have an increased economic value for reuse. Reusable plastic
products should be promoted before single-use ones and designed with their lifecycle in
mind. Plastic must become a renewable resource.

Pyrolysis thermochemical treatment is a technology that has great potential to reduce
the amount of plastic waste that goes to landfills or is lost in nature. Not only does it
allow us to reuse plastic, but it also allows us to reclaim energy from it. The pyrolysis
process allows for the thermal degradation of long-chain polymer molecules of plastic
into smaller and less complex ones [3]. Four different mechanisms may occur during the
process: random-chain scission, cross-linking, end-chain scission or depolymerization, and
chain stripping [4].

Fluidized bed reactors (FBRs) are commonly used reactors in plastic pyrolysis experi-
ments and simulations as they produce uniform yield quality. Fluidized bed reactors have
excellent heat and mass transfer and can be used with a catalyst with low operating costs.
They provide an efficient and sustainable process of plastic pyrolysis.

FBRs have been used in many processes in the chemical, petrochemical, environmental,
energy, and metallurgical industries. Li, et al. list such processes as “fossil fuel combustion,
coal and biomass gasification, and fluid catalytic cracking” [5], while Khan, et al. add the
following processes: “Olefin polymerization (propylene and ethylene), a wide range of
synthesis reactions, manufacturing of silicon, gasoline synthesis (Fischer-Tropsch), coking
(Fluid and Flexi)” [6]. Feedstock is introduced into the system through a feeding system,
and for plastic pyrolysis a screw feeder usually transports the plastic into the reactor.

Computational fluid dynamics (CFD) software simulations are often used in reactor
modeling. Much work on heat transfer in fluidized bed reactors has been conducted [7–9].
Utwitzone et al. focused on solid hold-up in the reactor riser in the pyrolysis process [10].
CFD simulations have also been used with plastic pyrolysis or gasification process chemical
kinetics modeling [11,12].

In 2005, Chiesa et al. recognized Eulerian–Eulerian and Eulerian–Lagrangian ap-
proaches used in fluidized bed reactor bubble simulations to have similar patterns [13].
While most of the work in CFD analyses of the fluidized bed riser is conducted using the
Eulerian–Lagrangian method—such as Khawaja and Shao et al.’s work on the minimal
fluidizing velocity changes analyzed from CFD simulation [14,15]—as it requires less com-
putational time, this analysis will use the Eulerian–Eulerian method known as well as the
two-fluid model method.

Computational fluid dynamic software simulations are a relatively new approach
that allows for the visual and numerical simulation of complex problems. While much
work has been conducted on the optimization of the pyrolysis process and fluidizing bed
reactor modeling, CFD allows for further improvement. Thanks to CFD, it is possible to
troubleshoot reactor parameters and performance before manufacturing.

This paper aims to study the influence of low and medium-temperature pyrolysis
processes on fluidized bed reactor parameters such as static pressure, fluidizing gas velocity,
solid movement, and bubble formation. This analysis will allow us to visualize the impact
on the parameters of the reactor through computational fluid dynamics software. While
this set of parameters was analyzed using experimental methods and statistical analysis,
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CFD software simulation was not used to study the impact of the process temperatures.
Hagh-Shenas-Lari and Mostoufi analyzed pressure changes using statistical analysis [16].
Seo et al. created experimental correlations in changes in fluidized bed reactor velocities
(minimal, terminal) due to temperature increases for different particle sizes [17]. This
analysis simulated the impact of operating conditions at 100 ◦C, 500 ◦C, and 700 ◦C in a
fluidized bed reactor. Set values are below the melting points for most of the polymers and
are used for low and medium-temperature pyrolysis processes.

2. Materials and Methods

With the growing demand for plastic production and the importance of plastic recy-
cling, new approaches to plastic waste management are required. Most plastic waste is not
biodegradable and requires remodeling treatment methods.

Plastic waste pyrolysis is a chemical recycling process that works by cracking organic
materials at high temperatures in the absence of oxygen. Pyrolysis yields include oil, gas,
and char. Yield can be used for a new plastic material or as an energy source. Since plastic
is a highly calorific product, ranging from approx. 18,000 to 38,000 kcal/kg, it can be
considered excellent for energy recovery [18].

Thermal pyrolysis degradation of organic material takes place at different tempera-
tures from 300 ◦C to 900 ◦C in the absence of oxygen [19]. Due to the process taking place in
an atmosphere not containing an adequate amount of oxidizing agent, combustion does not
take effect, and raw material decomposes due to pressure and temperature [20]. Pyrolysis
types are briefly described in Figure 2.
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Figure 2. Thermal and Catalytic pyrolysis and types of pyrolysis based on the process parameters
(e.g., residence time and temperature) [19].

Depending on temperature, pyrolysis is as follows:

• Low temperature ≤ 600 ◦C;
• Medium temperature 600–800 ◦C;
• High temperature > 800 ◦C.

Thermal plastic pyrolysis, which can be found in industry applications, takes place at
a low temperature range (around 500–550 ◦C) with yields in the form of liquid or wax [21].
Yield in the next stage can be refined into chemicals or fuels [19].
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As for the use of catalysts, the best are fluidized bed reactors, which reduce operat-
ing costs due to catalyst reuse. They also have high heat transfer rates, well-established
temperature control, and solid particle residence time control but are more expensive to
set up [22].

Fluidized bed reactors work by utilizing a physiochemical phenomenon called flu-
idization. In fluidization, a fine, granular material (typically sand) is converted from a solid
state into a fluid-like state by the passage of fluid through it.

With an increase in the fluid velocity rate, particles rearrange their space into an
expanded bed. Particles get suspended in the fluid at higher velocities. In the suspended
form of the bed, the buoyancy force is balanced between gravitational and drag forces, and
the pressure drop through any section of the bed is equal to the weight of the particles. The
bed is considered fluidized at minimum fluidization velocity (Figure 3) [6,23].
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Figure 3. Types of pyrolysis with process parameters. Depending on the minimum fluidizing velocity
value fluidization regime is behaving as a fixed bed, fluidized bed or after terminal velocity is reached
pneumatic transport occurs.

At minimum fluidization velocity, the pressure drop is stabilized for a certain range of
velocities, after which an increase of velocity results in drastic pressure drop change. At
higher flow rates, particle movement becomes more vigorous, and bubbles are formed.

With the further increase of the liquid velocity, the bed turns into a turbulent fluidized
bed; velocity is then called terminal velocity. This phenomenon leads to the disappearance
of the dense phase. Terminal velocity can be applied in fast fluidization.

Types of pyrolysis with process parameters. Depending on the minimum fluidizing
velocity value fluidization regime is behaving as a fixed bed, fluidized bed or after terminal
velocity pneumatic transport happens

For good fluidizing conditions and solids, run-off prevention of superficial velocity
must be maintained. Superficial velocity should be of a value between minimal fluidizing
velocity and terminal velocity.

The Eulerian–Eulerian (EE) approach defines the solid and liquid phases as a con-
tinuum and phases are modeled as interpenetrating fluids. Conservation equations for
mass, momentum, and energy are solved for each phase. The Eulerian–Eulerian model
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is known as well as two-fluid model (TFM). Both phases coexist everywhere in the flow
domain. The portion of volume occupied by a phase is given by the volume fraction. The
phase-coupled SIMPLE method was used for the solution method, where “the velocities
are solved coupled by phases in a segregated fashion. Fluxes are reconstructed at the
faces of the control volume and then a pressure correction equation is built based on total
continuity. The coefficients of the pressure correction equations come from the coupled per
phase momentum equations” [24].

Most simulations of fluidized reactor riser flows are carried out with a two-dimensional
flow assumption with a plane cutting along the axis of the cylindrical column [5]. Reactor
material is proven to have a negligible effect on thermal properties and reaction parameters
inside the reactor and was left in the default setting [25].

The 2D geometry of the modeled fluidized reactor riser was created as a cylinder of
1.2 m in height with a uniform diameter of 0.2 m as shown in Figure 4. DesignModeler was
used as computer-aided design software to create the geometry.
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diameter of 0.2 m.

A face meshing method was employed using quadrilateral-shaped elements, with the
mesh elements being nearly uniform in size and shape, as illustrated in Figure 5. Mesh
element quality was checked with an excellence score. Aspect ratio is the ratio of the
longest edge length to the shortest edge length and can be understood as a measure of
the stretching of the mesh element. The aspect ratio of 1, indicating an ideal square, was
obtained for an average value. Skewness shows the difference between the shape of the
mesh cell and the shape of an equilateral cell of equivalent volume. Values of skewness
come from the range 0–1; accuracy is decreased as the skewness value gets closer to 1 and
the solution is destabilized. The model shows the average value of 1.307 × 10−10 of the
skewness mesh metric. The ideal value for skewness is zero. Mesh shape should not have
an impact on the quality of the results, but the element size should be investigated as it is
bigger (3 times) than the value recommended in the literature. It is expected that the grid
size should be around 10 times the size of the particle diameter [5,6].
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Element size was set to 0.005 m, creating 9600 elements with 9881 nodes. Optimal
mesh element size in fluidized bed reactors depends on the diameter of the solid particles
and this analysis was performed for silica sand of 0.00015 m diameter.
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Figure 5. Structured mesh with a 0.005 m element size and 9600 elements.

Fluidization regime analysis was created to inspect the basic regime parameters in
the reactor riser. Analysis was conducted to check the impact of the increased pyrolysis
temperatures, with the reactor operating at 100 ◦C, 500 ◦C, and 700 ◦C. A second analysis
was performed to show the impact of the increase in the fluidizing velocity and solid
diameter. Analyses were conducted with Double Precision and 4 Solver processes in Ansys
Fluent 2020 R1 software. The basic parameters of the carried analyses are shown in Figure 6.
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Figure 6. Main parameters of carried simulations for heat impact on the fluidization regime as well
as the impact of the increase in gas superficial velocity and solid diameter on the riser bed height.

The settings used in analyses were collected and are shown in Table 1. Pressure-
based, transient analysis with a standard viscous model was performed. SIMPLE scheme
velocity–pressure coupling was chosen.
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Table 1. Basic analysis settings used in flow regime and heat impact analyses.

Time Transient

Scenario type Pressure-based (incompressible flow)

Viscous Model Standard k-ε, standard wall functions

Gravitational acceleration 9.81 m/s2

Velocity-pressure coupling SIMPLE scheme

Operating pressure 101,325 Pa

Outlet gauge pressure 10,1325 Pa

Solution methods Pseudo transient

Initialization From inlet

Number of time steps 400

Time step size 0.01 s

To analyze the fluidizing regime, a Eulerian two-phase system was used. Two phases
were decided upon: fluidizing gas (nitrogen) and solid (silica sand). The primary gas phase
was set as nitrogen with the parameters available in the software database. The secondary
phase was created as silica sand with a granular diameter of 0.00015 m. These settings and
more were collected and are shown in Table 2.

Table 2. Basic analysis settings used in flow regime and heat impact analyses.

Drag model Syamlal–O’Brien

Sand granular viscosity Syamlal–O’Brien

Granular bulk viscosity Lun-et-al

Packing limit 0.63

Sand density 2530 kg/m3

Sand mean diameter 0.00015 m

Calculated minimal fluidizing velocity 0.05379 m/s

The time step has an important effect on the accuracy of bubble simulation. Computa-
tional time is usually affected by the time step size; the smaller the time step, the longer
it takes to obtain results for a set amount of time. But the smaller the time step, the more
accurate the results are.

To assess time step size, the Courant number can be used. The Courant number should
be kept small to achieve better accuracy. The Courant number can be interpreted physically
as the ratio of the distance traveled in one time step to the mesh spacing.

The Courant number was assured to be ≤1 (a requirement for boundedness).
The solution reached convergence in between time steps for the default value of residuals.
The drag force of upward moving gas must be equal to the weight of particles for

minimum fluidization velocity to occur. Due to its high density and weight, silica sand
is used as a heat-transferring medium in plastic pyrolysis. Analyzed sand has a density
of 2530 kg/m3, while HDPE at 20 ◦C has a density of 960 kg/m3 [26], and at 500 ◦C,
830 kg/m3 [27].

In the article ‘An Assessment of Drag Models in Eulerian–Eulerian CFD Simulation of
Gas-Solid Flow Hydrodynamics in Circulating Fluidized Bed Riser’ by Upadhyay, et al., the
Syamlal–O’Brien drag model was found to be the most accurate [28]. The Syamlal–O’Brien
drag model for FBR was also suggested by Khan, et al. when using the Eulerian multiphase
model [6].
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The superficial fluidizing velocity used in fluidized bed reactors is usually of 3 times
(up to 8 times) the value of the minimal fluidization velocity [29,30]. In this analysis, super-
ficial velocity was set to 0.25 m/s (4.65 times the calculated minimal fluidization velocity).

Two additional analyses were completed for the fluidizing gas velocity increase to
0.5 m/s and solid diameter increase to 0.0003 m (twice the initial values) to simulate the
impact of these changes on the dense bed.

The heat impact on fluidizing regime analysis was examined at three different
temperatures: 100 ◦C, 500 ◦C, and 700 ◦C, and additional parameters are shown in
Tables 3 and 4.

Table 3. Additional parameters used in heat impact analyses.

Energy equation on

Sand granular temperature m2/s2 1 × 10−5

Sand specific heat J/kg K 737 *

Heat transfer coefficient (between nitrogen
and silica sand) W/(m2 K) Gunn model

* Quartz SiO2 has a specific heat of 742.13 J/kg K [31].

Table 4. Additional parameters used in heat impact analyses.

Zone Additional
Information

Temperature
[K]

Temperature
[K]

Temperature
[K]

Velocity inlet
sand No fraction

293 293 293
nitrogen Velocity 0.25 m/s

Pressure
outlet

sand No backflow
293 293 293

nitrogen

Walls (stationery wall) 373.15 773.15 973.15

Operating conditions 373.15 773.15 973.15

The typical range of the solid volume in fluidized bed risers is ≤40% of the total
volume [32]. For this analysis, the created region takes 33.3% of the total volume.

3. Results
3.1. Sand Volume Fraction and Fluidizing Gas Velocity

The 4 s flow regime was analyzed at different operating conditions. Sand fraction
contours were obtained with no energy equation and at working conditions of 100 ◦C,
500 ◦C, and 700 ◦C. Figures 7–10 show the movement of the volume fraction in time. In the
first second of the flow regime (before the point of fluidization), gas can be seen not leaving
the sand fraction. The fluidization regime is stabilizing with the flow time passing and the
formation and movement of bubbles can be seen.

The height of the fluidizing bed does not depend on operating temperature but on
superficial fluidizing gas velocity; as only one velocity value of 0.25 m/s was used in the
analysis all developed beds have similar heights. The volume fraction of sand after 1 s of
flow time has a lower height than after the point of fluidization (maximum pressure drop at
1.2 s). When running analysis without an energy equation, smaller bed height is acquired.

Behind gas bubbles, a wake with a solid is observed, with bubble movement promoting
gas and sand mixing. The intensity of this mixing depends on bed size and gas velocity, and it
is higher in large fluidizing beds and at higher fluidizing velocities [33]. The surface of the
fluidized bed is not straight and is horizontal as rising gas bubbles burst to reach the surface.
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Figure 10. Sand fraction contours after 4 s of flow time with no energy equation and at working
conditions of 100 ◦C, 500 ◦C, and 700 ◦C.

The axial solid hold-up is denser near the bottom region of the riser and more scattered
in the top region of the riser for all working conditions. A typical L-shaped profile was
acquired [22]. The upward movement of the bubbles can be seen. The mixing of solids is
affected by the collision and coalescence of bubbles. Bubble diameter, and the distribution
of bubbles and their collision are important parameters in fluidization [6].

The impact on the solid bed height of an increase in velocity from 0.25 m to 0.5 m/s
was simulated (with a constant 0.00015 m solid diameter) as well as for an increase in solid
diameter from 0.00015 m to 0.0003 m (with a constant value of superficial velocity of 0.25 m/s).

With doubled gas velocity, a sharp increase in fluidizing bed height is seen, the flow
becomes more turbulent, and bubbles are more combined. A reverse effect was obtained
with an increase in solid diameter. Both effects on the dense bed height, of changes in
velocity and solid diameter, can be seen in Figure 11. An increase in the fluidizing gas
velocity increases the dense bed height while the increase in solid diameter reduces it. The
pneumatic flow was not reached with this velocity increase.
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0.00015 m to 0.0003 m (with a 0.25 m/s fluidizing gas velocity) in 4 s of the flow time. An increase in
the fluidizing gas velocity increases the dense bed height while the increase in the solid diameter
reduces it. The pneumatic flow was not reached with this velocity increase.

The 4 s flow regime was analyzed for different operating conditions. Gas velocity
contours were obtained with no energy equation and at working conditions of 100 ◦C,
500 ◦C, and 700 ◦C as seen in Figures 12 and 13.
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Figure 13. Gas velocity contours after 4 s of flow time with no energy equation and at working
conditions of 100 ◦C, 500 ◦C, and 700 ◦C.

Nitrogen gas velocity has the highest magnitude at the initial (1 s) stage out of the
materials examined. When the energy equation was included in the analysis, the impact
of the temperature increase could be seen on the velocity contours. Velocity has a bigger
magnitude at higher operating temperatures.

Velocity in the fluid domain has dominating values below 0.3 m/s in all simulations.
When increasing the operating temperature of the system, higher maximum velocities were
shown on the histograms. At 100 ◦C, the maximum value was 0.86 m/s at 500 ◦C and
1.13 m/s at 700 ◦C operating temperature, and fluidizing gas velocity went up to 1.25 m/s
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in the fluid domain after 4 s of flow time. Velocity magnitude histograms can be seen in
Figures 14 and 15.
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3.2. Static Pressure and Pressure Drop

Static pressure contours were created with no energy equation and at working condi-
tions of 100 ◦C, 500 ◦C, and 700 ◦C as seen in Figure 16.

An increase in the velocity with operating temperature did not influence static pressure.
In fluidized bed reactors, static pressure has the highest value at the bottom of the bed
and decreases as the height increases. Figure 17 was created with the collected data in
this analysis.

The point of fluidization can be observed around 1.1 s of flow time without an energy
equation, and around 1.2 s for 100 ◦C, 500 ◦C, and 700 ◦C operating temperatures. The
point of fluidization can be determined from the maximum pressure drop in the riser, after
which the force of the pressure drop multiplied by the cross-section is equal to the weight of
the silica sand particles [34]. With constant fluidizing velocity, the pressure drop is expected
to be constant in value and does not change with operating temperature change.
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Figure 17. Pressure drop chart between inlet and outlet simulated with no energy equation (pressure
inlet) and at operating temperatures of 100 ◦C, 500 ◦C, and 700 ◦C. Pressure at the outlet in all
simulations was equal to the atmospheric pressure.

In Figure 18, the impact of increased fluidizing gas velocity from the initial value
of 0.25 m/s to 0.5 m/s and an increase in solid diameter from 0.00015 m to 0.0003 m on
pressure drop can be seen. For analysis of the increased diameter, the plot stabilization
method would be advised. All plots can be considered of similar value. At approximately
2.75 s of flow time, all plots get stabilized. The constant value of the pressure drop is
expected after that point in time for all simulated scenarios. Parameter changes did not
change the fluidization regime thanks to which the average value of the pressure drop did
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not increase or decrease in all simulations. The outlet was calibrated to the atmospheric
pressure value of 1013 hPa to show the difference in the process parameters with regard to
the standard pressure at sea level.
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Figure 18. Pressure drop chart inlet–outlet for the superficial velocity of 0.25 m/s, 0.5 m/s magnitude
(simulated for the initial value of solid diameter), and increase in solid diameter from 0.00015 m to
0.0003 m (0.25 m/s velocity) in 4 s of the flow time. Pressure at the outlet in all simulations was equal
to the atmospheric pressure.

3.3. Grid Independence Study

The smaller grid has better accuracy and requires longer CPU time (Table 5).

Table 5. Grid size impact on CPU time of solving 4 s of flow time simulation without an energy
equation. Data was acquired from Ansys software. Reducing the element size used in this analysis to
a literature value of 10 times the solid diameter size would gain an additional 5 h of CPU time for
each analysis.

Grid Size 10 ds 20 ds 33 ds 40 ds 50 ds

Element size 0.0015 m 0.003 m 0.005 m 0.006 m 0.0075 m
CPU time 6 h 17 min 2 h 33 min 1 h 13 min 15 min 15 min

A grid independence study was conducted with regard to “CFD simulations of circu-
lating fluidized bed risers, part I: Grid study” by Li, et al. [5]. That study found that the
smaller grid had the same volume fraction pattern but bigger volume and velocity values
compared to a bigger grid size.

In this study, the sand fraction can be seen creating solid hold-up next to the walls in
all simulations (Figure 19). One region of additional volume (curvature in the Figure 19
plot) can also be observed at a similar distance along the riser in all analyses giving a good
approximation of the layer positioning. The impact on the bed volume can be seen in
Figure 20.



Energies 2024, 17, 6204 15 of 20

Energies 2024, 17, x FOR PEER REVIEW 15 of 20 
 

 

Figure 19. Sand volume fraction after 4 s of flow simulation measured along the riser 
diameter at 0.6 m height (for the full length of 0.2 m riser diameter) for different grid 
sizes (20, 33, 40, and 50 times the solid diameter size). 

 
Figure 20. Sand volume fraction after 4 s of simulation for different grid sizes (10, 20, 33, 40, and 50 
times the solid diameter size). 

In Figure 19, sand volume fractions after 4 s of flow time can be seen for different grid 
sizes. Different grid sizes, with the rest of the simulation parameters being the same, give 
different bed sand volume fraction patterns. The literature advises a size of 10 times the 
solid diameter, showing most specified bubble structures with mixing and solids in their 
wake as seen in Figure 20. It would be advised to use a 10 ds grid size, but this would 
require an increase in CPU time. 

The pressure drop for different element sizes was examined and data was used to 
create Figure 21. The smallest grid size of 10 ds gives the most fluctuation in the results, 
with the point of fluidization at around 1 s of flow time (maximum difference in the pres-
sure). The less detailed the grid, the more the inlet static pressure plot is stabilized. 

Figure 19. Sand volume fraction after 4 s of flow simulation measured along the riser diameter at
0.6 m height (for the full length of 0.2 m riser diameter) for different grid sizes (20, 33, 40, and 50 times
the solid diameter size).

Energies 2024, 17, x FOR PEER REVIEW 15 of 20 
 

 

Figure 19. Sand volume fraction after 4 s of flow simulation measured along the riser 
diameter at 0.6 m height (for the full length of 0.2 m riser diameter) for different grid 
sizes (20, 33, 40, and 50 times the solid diameter size). 

 
Figure 20. Sand volume fraction after 4 s of simulation for different grid sizes (10, 20, 33, 40, and 50 
times the solid diameter size). 

In Figure 19, sand volume fractions after 4 s of flow time can be seen for different grid 
sizes. Different grid sizes, with the rest of the simulation parameters being the same, give 
different bed sand volume fraction patterns. The literature advises a size of 10 times the 
solid diameter, showing most specified bubble structures with mixing and solids in their 
wake as seen in Figure 20. It would be advised to use a 10 ds grid size, but this would 
require an increase in CPU time. 

The pressure drop for different element sizes was examined and data was used to 
create Figure 21. The smallest grid size of 10 ds gives the most fluctuation in the results, 
with the point of fluidization at around 1 s of flow time (maximum difference in the pres-
sure). The less detailed the grid, the more the inlet static pressure plot is stabilized. 

Figure 20. Sand volume fraction after 4 s of simulation for different grid sizes (10, 20, 33, 40, and
50 times the solid diameter size).

In Figure 19, sand volume fractions after 4 s of flow time can be seen for different grid
sizes. Different grid sizes, with the rest of the simulation parameters being the same, give
different bed sand volume fraction patterns. The literature advises a size of 10 times the
solid diameter, showing most specified bubble structures with mixing and solids in their
wake as seen in Figure 20. It would be advised to use a 10 ds grid size, but this would
require an increase in CPU time.

The pressure drop for different element sizes was examined and data was used to
create Figure 21. The smallest grid size of 10 ds gives the most fluctuation in the results, with
the point of fluidization at around 1 s of flow time (maximum difference in the pressure).
The less detailed the grid, the more the inlet static pressure plot is stabilized.
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Figure 21. Pressure drops between the inlet and outlet for different grid sizes (33, 10, 20, 40, and
50 times the solid diameter) in 4 s of flow time in the reactor. Pressure at the outlet in all simulations
was equal to the atmospheric pressure.

The average heat transfer coefficient was monitored through Equation (1) and applied
to the custom field function. The created average heat transfer coefficient was used to create
a surface report definition at the point surface.

htcave =
−kmix · (tmix − twall)

Awall
/(twall − t f luid) (1)

The heat transfer coefficient was monitored at 0.3 m bed height on one heated wall as
shown in Figure 22.
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When a solid moves in the wake after gas bubbles, mixing occurs as well as heat
transfer. The overall heat transfer coefficient can be used to measure the ability to transfer
heat. The heat transfer coefficient is expected to be reduced with exponential distribution,
but the time of the flow stabilization was not reached. An imbalance of the plot (fluctuation)
was seen due to the fluid mixing.

The heat transfer coefficient was monitored on one heated wall while solid transfer
and mixing were taking place, and an imbalance of the plot (fluctuation) is expected to be
created from gas movement at that point. They are outcomes of flow regime changes.

For the analyzed solid diameter and bed density, the heat transfer coefficient was
expected to be approx. 500 W/m2 K (Figure 23). The analysis shows that with an increase
in operating temperature, the heat transfer value increases.
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More heat is transferred when fluidizing velocity is increasing and less when the bed
is more densely packed with solids [35]. Particle size has the biggest impact on heat transfer
(Figure 23).

4. Discussion

To gain an understanding of the impact of plastic pyrolysis operating temperatures on
fluidization regimes, computational fluid mechanics simulation was conducted.

The fluidizing regime analysis was performed. A Eulerian–Eulerian method was used
with fluidizing nitrogen gas and a silica sand bed. Analysis was performed for 4 s of flow
time. When modeling fluidized bed reactors, the most important parameters to consider
are the solid diameter and superficial gas velocity. They decide mixing properties and
bubble formation.

Analysis was conducted with no energy equation and at working conditions of 100 ◦C,
500 ◦C, and 700 ◦C. Silica sand parameters were as follows: 2530 kg/m3 density, 0.00015
m diameter, and 737 J/kg K specific heat. Nitrogen had default system settings. The sand
bed had an initial volume that was 33% of the riser. The superficial gas velocity used in the
analysis was 0.25 m/s.

When inspecting the contours for the solid volume fraction, the axial solid hold-up
can be seen to be denser near the bottom region of the riser and more scattered in the top
region of the riser for all working conditions. A typical L-shaped profile was created for the
solid movement. The upward movement of the bubbles can be seen with solid movement
in the wake.

The operating temperature had an impact on gas velocity and should be considered at
the design stage and incorporated in minimal fluidizing velocity calculations. Gas velocity
has a bigger magnitude at higher operating temperatures. The point of fluidization could
be determined at a 1.1–1.2 s flow time at the maximum pressure drop point further proven
by velocity and solid volume fraction contours after 1 s of flow time (fluidizing gas not
leaving the surface).

While operating temperature has an impact on the fluidizing gas velocity, in this
analysis the fluidization regime was not changed. An increase in the superficial velocity
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and solid diameter was proven to have a higher impact on the reactor parameters than
temperature. The intensity of mixing depends on bed size and gas velocity, and it is higher
in large fluidizing beds and at higher fluidizing velocities. With an increase in gas velocity
(from 0.25 m/s to 0.5 m/s with a constant solid diameter of 0.00015 m), fluidizing bed
height gets bigger but when the solid diameter is increased (from 0.00015 m to 0.0003 m
with a superficial velocity of 0.25 m/s) solid bed height gets smaller compared to the initial
analysis. It did not increase or decrease the pressure drop value as the fluidization regime
did not change for the analyzed parameters.

A grid independence study was carried out, proving that smaller element sizes should
be used for more accurate results, and better bubble formation tracking with higher re-
sult accuracy.

5. Conclusions

This study monitored the effects of temperature increases on fluidization regime as
well as some process parameters such as increases in superficial velocity and particle di-
ameter. The assumption that the highest process sensitivity is connected to the changes
in superficial velocity and solid diameter was proven, showing the necessity of including
the process temperature in the superficial velocity calculations for process optimization.
Fluidization reactor modeling in Ansys Fluent software allowed for troubleshooting poten-
tial limitations due to high process temperatures. Using CFD was shown to be an efficient
methodology for process modeling at the early stages of the design.

The analysis of the fluidizing regime was performed with many aspects but more
interest in minimal fluidizing velocity would be advised. Minimal fluidizing velocity
depends on gas and solid density that change with operating temperature and should
be calculated at the design stage. It would be also advised to assess minimal fluidizing
velocity with CFD simulation using pressure drop changes vs. superficial velocity charts.

An investigation into the pressure drop plot instabilities at the inlet should be con-
ducted for the increased solid diameter and reduced grid size to assess if these were
outcomes of the modeling technology or possible sources of the process disturbance.

A smaller grid of 10 times the size of the solid diameter is recommended for fluidizing
the bed reactor design to properly assess mixing and bubble movement and improve the
accuracy of results. A bigger grid was used in this analysis to save computational time.
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